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1. Introduction
Low density polyethylene is produced by high-
pressure processes either in autoclave vessel reac-
tors or in tubular reactors. The process requires a
highly purified ethylene feed and the operating
pressure ranges from 1000 to 3000 atm. This work
has developed a mathematical model based on the
mixing model for the production of low density
polyethylene in an industrial high-pressure auto-
clave vessel reactor and has compared the results
with industrial data.
Several modeling techniques have been used to
model this type of reactor [1–6] and some authors
have shown that the mixing model is best fitted to
this process. Although the mixing model is already
known, few studies [1, 7–10] have reported and
compared the results obtained from the mixing
model with actual industrial data. Furthermore, the
autoclave vessel reactor has a complex controlling
system where the temperature is controlled by the
feed flow rate of initiator into the reactor and until
now no study has published values for the PID con-
troller parameters.
2. Autoclave vessel reactor
The autoclave vessel reactor is an autoclave with
high length to diameter ratio, divided into several
compartments. The reaction requires high power
input per unit of volume to maintain good mixing
conditions in each compartment. Because of the
thickness of the wall, low surface area, and high
heat load, the reactor can be considered essentially
adiabatic. Polymerization temperature ranges from
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150 to 300°C and is set depending on the desired
LDPE grade. Temperatures above 300°C should be
avoided because of possible polyethylene decom-
position. Fresh ethylene is fed to some compart-
ments together with a radical source, usually an
azocompound or peroxide, which decomposes and
generates free radicals starting the polymerization
reaction [3].
The reactor system modeled in this work consists
of a series of two autoclave vessel reactors con-
nected in series as shown in Figure 1. Fresh ethyl-
ene is fed into sections 1, 2, 3 and 5 of the reactors
and the product from the first reactor is fed into sec-
tion 7 of the second reactor. Mixing, in both reac-
tors, is provided by a shaft running down the center
of the reactor with several impeller blades. In the
first reactor a baffle is placed near the bottom of the
reactor to reduce backmixing of the mixture.
Heat transfer through the walls is limited and cool-
ing is provided by the inflow of cold monomer.
Temperature is controlled regulating the inflow of
initiator to the reactor. Initiator is fed into sections
2, 3, 4, 6 and 8. Sections 1 and 5 (first section of
each reactor) have low reaction rates and have the
primary function of cooling the agitator motor.
3. Mixing model
The mixing pattern in an autoclave type reactor
tends to be of a recirculating nature. The effect of
mixing on reactor performance is very important,
especially because an imperfectly mixed vessel
requires more initiator per unit of polymer pro-
duced than does a more perfectly mixed reactor
under the same conditions [2]. The initiator tends to
decompose near the feed points and not in the bulk
of the reactor, thus not promoting as much poly-
merization as if the initiator were uniformly distrib-
uted throughout the reaction mixture. The tempera-
ture gradient down the reactor also suggests
imperfect mixing [1].
The mixing pattern in the high-pressure reactor
makes it behave more like a continuous stirred tank
reactor (CSTR) rather than a tubular reactor. To
account for imperfect mixing in the reactor, the
autoclave reactor can be subdivided into several
sections which can be represented by a series of
small reactors consisting of a CSTR segment fol-
lowed by a plug-flow segment that accounts for the
temperature gradient down the reactor. Each plug-
flow segment can be modeled as a series of small
volume CSTRs avoiding to solve partial differen-
tial equations. The back mixing promoted by the
impeller blades is considered, allowing each main
CSTR segment of the reactor to recycle part of its
volume back to the previous CSTR main segment
(Figure 2).
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Figure 1. Industrial high-pressure vessel reactor
Figure 2. Mixing model structure and flow rates between two sections of the reactor
The mathematical model developed herein includes
temperature controller equations to maintain the
operation point at a desired steady state. The con-
troller equations are needed because the industrial
reactor normally operates at an unstable steady
state in which the operation can either cause the
temperature to rise or to cool down the reactor until
no polymerization occurs.
Based on the flow rates shown in Figure 2, the mass
balance for a species in a volume segment of the
reactor is given by Equation (1):
(1)
where, Fi,S is the molar flow rate of the component i
in the section S [mol/s]; Ni,S is the number of mols
of the component i in the section S [mol]; ri,S is the
reaction rate of the component i in the section S
[mol/s·l]; t is the time [s]; VS is the volume of the
section S [l]; and the superscript feed refers to the
feed stream and rec refers to the recycle stream.
The plug-flow segments (PFR) do not have feed
streams nor recycle streams going to other seg-
ments, and for these segments Equation (1) can be
simplified to Equation (2):
(2)
To evaluate the effect of the macromixing parame-
ters on the reactor fluid dynamics, two main param-
eters were defined: volume fraction of the CSTR
segment to the total volume of the section (θ) and
recycle ratio (β), as shown in Equations (3) and (4):
(3)
(4)
where, QS is the total volumetric flow rate of the
section S [l/s]; QS
rec is the volumetric flow rate of
the recycle stream exiting the section S [l/s]; VS,CSTR
is the volume of the CSTR segment of the section
S [l]); VS,TOTAL is the total volume of section S [l]; θ
is the recycle ratio; and θ is the volume fraction of
the CSTR segment to the total volume of section S.
These parameters should be estimated for each
reactor and for each section in the reactor. High θ
values denote that the section resembles an ideal
CSTR, while high β values denote good axial mix-
ing among contiguous sections.
The energy balance of the reactor requires account-
ing for the inflows, outflows, recycles and reaction
in each segment (Equation (5)). The reactor is
assumed to be adiabatic and cooling is supplied by
cold monomer feed. Heat generation is considered
to come from the propagation reaction only.
(5)
where, CpS is the heat capacity of the mixture in
section S [J/g·K]; TS is the temperature of section
S [K]; Tref is the reference temperature [K]; ρS is the
density of the mixture in section S [g/l]; ΔH is the
heat of reaction [J/mol].
Temperature is controlled by manipulating the flow
rate of the initiator feed stream based on the actual
temperature of some measured segments and on the
set-point temperature. The controller applied to the
reactor modeled herein was a proportional-integral-
derivative type (PID controller – Equation (6)) and
5 controllers were used to control the initiator feed
into sections 2, 3, 4, 6 and 8, as in the industrial
reactor.
(6)
where, FI is the molar flow rate of initiator in the
initiator feed stream [mol/s]; Kc is the proportional
gain [mol/s·K]; E is the error between the actual
temperature and the set-point temperature [K]; 
τI is the integral gain [s]; and τD is the differential
gain [s].
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Ethylene free radical polymerization mechanism
and kinetics was outlined by Zabisky et al. [11] and
Chan et al. [1] for a two phase kinetic mechanism
where a monomer and a polymer rich phase exist in
the reaction mixture. Herein, a homopolymer pre-
senting only one phase in the reactor (monomer
rich phase) was assumed and the momentum equa-
tions to account for the molecular weight of the
polymer were adapted from Zabisky et al. [11] for a
one phase kinetic mechanism.
The kinetic mechanism considered the initiation of
radical by thermal decomposition of the initiator,
chain propagation, termination by combination and
disproportionation, transfer to monomer and to
polymer and reaction with terminal double bound.
The moments for live and dead polymers are given
by Equations (7) to (12). The fraction of dead poly-
mers with terminal double bond was calculated
dividing the reaction rates of the reactions that pro-
duce dead polymers with terminal double bonds by








where, f is the initiator efficiency; [I] is the initiator
concentration [mol/l]; kd is the decomposition rate
constant of the initiator [1/s]; kdb is the reaction
with terminal double bond rate constant [l/mol·s];
kfm is the transfer to monomer rate constant
[l/mol·s]; kfp is the transfer to polymer rate constant
[l/mol·s]; kp is the propagation rate constant
[l/mol·s]; ktc is the termination by combination rate
constant [l/mol·s]; ktd is the termination by dispro-
portion rate constant [l/mol·s]; [M] is the monomer
concentration [mol/l]; Yi is the ith live polymer
moment [mol/l]; Qi is the ith dead polymer moment
[mol/l]; α is the fraction of polymer with terminal
double bounds.
The transfer to polymer reaction and reaction with
terminal double bonds lead to polymer moment
equations that are not closed, where the ith moment
depends on the (i+1)th moment. To solve this prob-
lem, the closure technique presented by Hulburt
and Katz [12] was used to calculate the third
moment of the polymer distribution, as recom-
mended by Zabisky et al. [11]. As such, the third
moment of the dead polymer was calculated by
Equation (13):
(13)
The kinetic parameters used in the simulations are
presented in Table 1 and were based on the data
published by Zabisky et al. [11] and Chan et al. [1].
The full dynamic mathematical model comprised
308 ordinary differential equations to calculate the
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Table 1. Kinetic parameters for polyethylene homopoly-






Initiation [s–1] 8.4·1015 36 900
Propagation 3.0·108 08 065
Termination by disproportionation 1.25·109 00999
Termination by combination 1.25·109 00999
Transfer to monomer 1.25·105 08 078
Transfer to polymer 2.0·108 21 235
Reaction with terminal double bond 1.25·107 08 078
material balance of all components, the energy bal-
ance and the population balance (via method of
moments). The model was written in Fortran and
was solved using a 5th order Runge-Kutta integra-
tion method with variable integration step.
4. Results and discussion
Industrial production recipes from Politeno (Brazil)
were used to simulate and validate the model. Vali-
dation of the model was carried out comparing the
values predicted by the model with observed indus-
trial steady-state values for monomer profile, initia-
tor flow rates, temperature profile and final product
characteristics.
The industrial reactor was divided into eight sec-
tions (Figure 1). The volumes of the reaction sec-
tions were 16.8, 13.7, 12.8, 13.3, 16.8, 8.3, 15.3 and
3.0% of the total volume of the reactor. The
monomer feed distribution assumed that 12.5, 25.0,
50.0 and 12.5% of the total monomer feed entered
the first segment of sections 1, 2, 3 and 5 respec-
tively. The initiator (di-tert-butyl peroxide) was fed
into the first segment of sections 2, 3, 4, 6 and 8.
The operating pressure was 1600 atm and the tem-
perature of the ethylene feed was 353 K. The tem-
perature of the third segment of sections 2, 3, 4 and
6 and 8 were controlled at 513, 513, 537, 513 and
531 K, respectively.
The best controller parameters found for the reactor
were: Kc = 0.0001, τD = 0.005, τI = 3.0 for the first
controlled section and Kc = 0.00005, τD = 0.005,
τI = 5.0 for the other controlled sections. Figure 3
shows a representative result of the variation of
temperature (controlled variable) at reactor startup.
Temperature control is a key factor for the opera-
tion of the autoclave reactor and it is very important
that the controller manages to stabilize the tempera-
ture within a short time span. The PID controller
implemented in the model and the control parame-
ters found were able to control the temperature
within a few residence times showing the effi-
ciency of the control system.
The mixing parameters (θ and β) are important
parameters for the model and must be thoroughly
studied, as well as the number of plug-flow seg-
ments within a section of the reactor (Np). Several
simulations were carried out to find the best set of
mixing parameters and Np for the industrial auto-
clave reactor being simulated.
These parameters need to be correctly estimated
because they have a significant influence in the
simulations and thus must be validated with indus-
trial reactor data. The number of plug-flow seg-
ments was studied running simulations with 1 to
5 plug-flow segment in each section of the reactor.
The addition of plug-flow segments in the model
lead to a more gradual increase of segment temper-
ature and a more gradual decrease of segment eth-
ylene concentration. Figure 4 presents the effect of
the number of plug-flow segments on temperature
and ethylene concentration (for sections 2 and 3).
Although using a large number of plug-flow seg-
ments (7) have been suggested by Chan et al. [1], in
our simulations we have observed that the use of
only 2 plug-flow segments provided a more satis-
factory simulation with the model with better repre-
sentation of the industrial reactor. This result is
corroborated by the observations made by Pladis
and Kiparissides [10] for similar reactors. These
results show that when the reactor has good back-
mixing of the reaction mixture the simulations
should consider more plug-flow segments within
each section because the changes in temperature
and ethylene concentration along the reactor will be
smoother. However, if the reactor does not present
good back-mixing or if the flow rate of ethylene is
high then the temperature along each reactor sec-
tion will increase considerably. In this latter case,
few plug-flow segments should be incorporated to
the reactor model.
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Figure 3. Dynamic response of an internal segment of the
reactor (Segment 12). Temperature was normal-
ized due to contract reasons
Volume fractions of the CSTR segment to the total
volume of the section (θ) from 0.5 to 1.0 were stud-
ied. Increasing the CSTR segment volume (θ) in
the model provided better mixing of the segment
resulting in a gradual increase of temperature
between the sections of the reactor, as well as a
gradual decrease of ethylene concentration along
the reactor. Figure 5 presents the effect of the
CSTR segment volume on temperature and ethyl-
ene concentration (for sections 2 and 3).
Our simulations showed that the use of a CSTR
segment volume of 0.70 provided a more satisfac-
tory simulation with the model fitting better with
the industrial reactor. This result corroborated with
the observations made by Chan et al. [1] for a simi-
lar reactor. These results showed that the industrial
reactor presents poor mixing in each segment and
steep temperature and concentration variations
occur near the feeding points of the reactor as is
observed between sections 2 and 3.
Recycle ratios (β) from 0.0 to 0.4 were studied. The
increase in the recycle ratio (β) in the model pro-
vided better mixing among the sections resulting in
a flatter temperature profile between the segments
and the sections of the reactor. Figure 6 presents the
effect of the CSTR segment volume on temperature
and ethylene concentration for sections 2 and 3.
Figure 7 presents the same effect for all 8 sections
of the two reactors.
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Figure 5. Effect of the CSTR segment volume on monomer concentration (a) and temperature profiles (b) for sections 2
and 3 of the first reactor (Np = 2)
Figure 4. Effect of the number of plug-flow segments on monomer concentration (a) and temperature profiles (b) for sec-
tions 2 and 3 of the first reactor (θ = 0.70)
Comparing the profiles obtained in Figure 7 to
actual reactor profiles have showed that none of the
profiles obtained with simulations that were carried
out with constant recycle ratios (all sections using
the same recycle ratio) have displayed a satisfac-
tory fit to the actual reactor data. Analyzing the
configuration of the reactor and the fraction of eth-
ylene feed in each section, we could establish that
not all sections would display the same recycle
ratio and that this parameter has to carefully set for
each reactor design. For the design shown in Fig-
ure 1, the recycle ratio of section 4 (towards sec-
tion 3) was set to zero since the baffle between
sections 3 and 4 minimizes the recycle and back-
mixing of the reaction mixture. The recycle ratio of
section 3 (towards section 2) was increased since
the flow rate of ethylene fed into section 3 is larger
and as such a better mixing can occur near this
feeding point. The best configuration found for the
mixing parameters of the model where: volume
fraction of the CSTR segment to the total volume of
the section (β) of 0.70 for all sections; and recycle
ratio (β) of 0.15, 0.30, 0.15, 0.15 and 0.05 for the
sections 2, 3, 6, 7 and 8, respectively. A compari-
son with industrial data is shown in Figure 8.
The results found in Figure 8 are quite good and 
the largest relative error of the predicted values 
was less than 5% and as such we can state that 
the model truly represents the industrial reactor
behavior.
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Figure 6. Effect of the recycle ratio on the monomer concentration (a) and the temperature profiles (b) for the first seg-
ment (CSTR segment) of each section of the reactor (θ = 0.70; Np = 2)
Figure 7. Effect of the recycle ratio on the monomer concentration (a) and the temperature profiles (b) for the first seg-
ment (CSTR segment) of each section of the reactor (θ = 0.70; Np = 2)
5. Conclusions
A comprehensive model describing the high-pres-
sure autoclave reactor for polyethylene production
was developed, accounting for the mixing pattern
in the reactor, the mechanistic polymerization reac-
tion and temperature control. The model was
proven satisfactory and has fitted homopolymer
recipes for ethylene flow rates, initiator flow rates
and temperature profiles.
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Figure 8. Comparison of temperature profiles between the
proposed model and actual industrial data for
polyethylene homopolymerization
